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The integration of biosynthesis and product separation can increase the producti®ity
of immobilized plant cells in airlift bioreactors. Extracti®e biocon®ersion of an-
thraquinones was studied in an external-loop airlift bioreactor consisting of a riser, a
downcomer, and two horizontal sections, while containing alginate-immobilized Fran-

( )gula alnus cells, a continuous aqueous phase nutrient solution , dispersed sol®ent phase
( )n-hexadecane or silicone oil , and gas bubbles. A simple mathematical model was
de®eloped to describe the cocurrent liquid-liquid extraction in the riser section of the
bioreactor and to rationalize the measured product concentrations in the aqueous and
sol®ent phase. The model equations were sol®ed analytically in a dimensionless form
and used to study the effects of flow conditions, sol®ent properties, product formation
rate, droplet size, and contactor length on the extraction efficiency and product concen-
tration profiles in the continuous and dispersed phase.

Introduction

The incorporation of an extractive step can improve the
productivity of immobilized cells and enzymes, increase prod-
uct concentration in the outlet stream, and reduce the down-

Žstream volumes Roffler et al., 1984; Mattiasson and Larsson,
1985; Daugulis et al., 1987; Mavituna et al., 1988; Daugulis,

.1981; Collins and Daugulis, 1997 . Various configurations of
membrane bioreactors, which can contain high concentra-
tions of immobilized cells but often involve diffusional limita-
tions of mass transport, have been considered for use in ex-

Žtractive bioconversions Cho and Shuler, 1986; Dahuron and
.Cussler, 1988; Belfort, 1989 . Airlift bioreactors are an attrac-

tive alternative to membrane bioreactors, because they can
provide high rates of mass transfer and efficient mixing in an
environment permissive for cultivation of shear sensitive plant

Ž .and mammalian cells Buitelaar and Tramper, 1992 .
For a given application, airlift bioreactors can be opti-

Ž .mized with respect to: a cell support to achieve spatially
Ž .uniform cell distribution; b mass-transfer rates to maintain

the concentrations of nutrients and metabolites at desired

Correspondence concerning this article should be addressed to G. Vunjak-Nova-
kovic.

Ž .levels; c bioreactor fluid dynamics to allow or even stimu-
Žlate the expression of differentiated cell phenotype Verlaan

et al., 1986, 1989; Merchuk, 1991; Strobel et al., 1991; Tat-
.icek et al., 1994 . Flow and mixing are known to affect the

cultured cells in at least two ways: by flow-induced changes in
mass transfer of chemical species, and by direct hydrody-
namic effects on cell shape and function. Ideally, bioreactors
should provide efficient mixing and mass transfer without ad-

Žversely affecting cell growth and function Holden and Yeo-
man, 1987; Brodelius and Pedersen, 1993; Vunjak-Novakovic

.et al., 1996; Sajc et al., 1999 .
One important aspect of bioreactor design is the control

the rate-limiting steps in biosynthetic pathways by in situ
Ž .product removal in order to: a shift the equilibrium towards

Ž .product formation; b remove products from an environment
Ž .which can cause their degradation; c increase biosynthetic

rates by reducing feedback inhibition of biosynthesis. Extrac-
tive bioconversion can be carried out in two ways: a liquid or
solid extraction phase can be added directly to the bioreac-
tor; or culture medium can be cycled to an external vessel
containing an extraction medium. Adding the solvent directly
to the bioreactor is simpler, but can lead to the formation of
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stable emulsion of organic phase in aqueous medium due to
high shear rates required for the solvent dispersion. The for-
mation of very small solvent drops can be eliminated by using
columns where shear is lower and more uniform. In both
cases, however, process design is complicated by product for-
mation during extraction.

Previous studies of extractive bioconversions focused on
Žlow-molecular weight alcohols and organic acids Roffler et

.al., 1987a,b and in only a few cases on more complex prod-
Žucts, such as volatile essential oils and alkaloids Becker et

.al., 1984; Parr et al., 1987; Gontier et al., 1994 . Mathemati-
cal models have been proposed for only a limited number of
situations of interest for the present work, including, in par-
ticular, ethanol production by extractive fermentation in a

Ž .continuous-stirred tank Kollerup and Daugulis, 1985 , ex-
tractive fermentation in an extermal-loop extraction column

Ž .with countercurrent flow Roffler et al., 1988 , and cocurrent
Žmass transfer with backmixing Hartland and Mecklenburgh,

.1969 .
In the present work, we chose the production of an-

Žthraquinones by immobilized plant cells Frangula alnus in
.alginate particles as a model system for airlift bioreactors

integrating the biosynthesis and separation within a single
unit. The external loop airlift bioreactor studied was a four-
phase system, with a continuous aqueous phase containing
nutrients, immobilized cells, and dispersed gas and solvent

Ž .phase Sajc et al., 1995a . We proposed a simple mathemati-
cal model of cocurrent liquid-liquid extraction in the riser
flow, in the form of two second-order differential equations,
which were solved analytically in nondimensionless form and
used to analyze the effects of flow and mass transfer on prod-
uct extraction.

Experimental Setup
Batch cultivation of immobilized cells was performed in a

250 mL volume external loop bioreactor shown in Figure 1.
Ž .The vessel was composed of a riser 2.7-cm ID , a down-

Ž .comer 1.7-cm ID , and two horizontal sections. A gas-
liquid-liquid separator on the top of the vessel provided com-
plete degassing of the aqueous phase, and coalescence of the

Ždispersed solvent droplets. A sintered glass plate 160 mm
.pore size was used for air distribution with five symmetri-

cally positioned 1-mm diameter holes for solvent distribution.
Frangula alnus cells were derived from seedlings and main-
tained in ®itro in callus and suspension cultures as previously

Ž .described Sajc et al., 1995b . Suspended cells cultured for
four weeks in shake flasks were immobilized in 2.5-mm diam-

Ž .eter alginate particles Sajc et al., 1995b . In the circulating
Ž .regime, a four-phase gas-liquid-liquid-solid and a two-phase

Ž .liquid-solid flow were established in the riser and down-
comer sections of the bioreactor, respectively. The density,
viscosity, and surface tension of silicone oil and n-hexade-
cane, which were used as solvents, were 960 and 773 kgrm3,
0.05 and 0.003 Pa ? s, and 22 and 28 mNrm, respectively. The

Ž .superficial velocities of gas 0.2]1.2 cmrs and solvent
Ž .0.01]0.2 cmrs , the volume fraction of alginate particles
Ž .0]50% , volumetric holdup of gas and solvent, liquid circu-
lation velocity, mixing in the aqueous phase, and mass-trans-
fer coefficients of oxygen and plant cell products were deter-

Ž .mined as previously described Sajc et al., 1995a . In order to

Figure 1. Experimental setup.
Extractive bioconversion of anthraquinons by plant cells
Ž .Fragnula alnus immobilized in alginate particles was stud-
ied in a 250 mL volume external-loop airlift bioreactor con-

Ž . Ž .sisting of a inlet region distribution of gas and solvent ,
Ž . Žb riser aqueous phase with alginate particles, gas bubbles

. Ž . Žand solvent drops , c downcomer aqueous phase with algi-
. Ž . Žnate particles , and d upper section separation of gas and

.solvent . The bioreactor was operated at steady-state condi-
tions with a continuous flow of gas and solvent.

provide complete coalescence of the solvent droplets, the su-
perficial velocities of solvent and gas phase were set to 0.04
and 0.4 cmrs, respectively, and the volumetric fraction of cal-
cium alginate particles was set to 30%. Under these condi-
tions, both the gas and solvent holdup were approximately
1.2%, the superficial velocity of aqueous phase was 4 cmrs,
axial dispersion coefficient was 19.7 cm2rs, and the diameters
of silicone oil and n-hexadecane droplets were 8 and 5 mm,

Ž .respectively Sajc et al., 1995b .

Modeling
For an irreversible, zero-order reaction with no accompa-

nying volume change, a mass balance of product in the con-
tinuous phase of a differential section with one-dimensional
cocurrent flow of a continuous and a dispersed liquid phase
Ž .Figure 2 involves five terms as follows

­ c ­ 2c ­ cx x x Uy D qu q k a c yc qt s0 1Ž . Ž .x x l x x x2­ t ­ z­ z

The corresponding equation for the dispersed liquid phase is

­ c ­ 2c ­ cy y y Uy D qu q k a c yc qt s0 2Ž . Ž .y y l x x y2­ t ­ z­ z

Ž .where c and c grL are product concentrations, D andx y x
Ž 2 . Ž .D cm rs are axial dispersion coefficients, u and u cmrsy x y

w Ž .xare superficial velocities, t and t gr L ? s are reaction ratex y
constants in the continuous and dispersed liquid phase, re-
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Figure 2. One-dimensional two-phase model.
Ž .Cocurrent flow of the continuous aqueous and dispersed

Ž .solvent phase in the riser section of the bioreactor, where
Ž . Ž .c and c grL are product concentrations, u and u cmrsx y x y

are superficial velocities for the continuous and dispersed
phase, respectively, and z is the vertical position within the
section.

Ž .spectively, and k a 1rs is the overall mass-transfer coeffi-l
cient for the product, based on the continuous phase.

Ž .Equations 1 and 2 may be simplified by assuming: 1
Ž . Ž .steady-state operation transient term can be eliminated ; 2

Žno reaction in the dispersed solvent phase t term can bey
.eliminated from Eq. 2 . The resulting relationships are sec-

ond-order differential equations which can be solved analyti-
cally

­ 2c u ­ c k a tx x x l xUy y c yc q s0 3Ž . Ž .x x2 D ­ z D D­ z x x x

­ 2c u ­ c k ay y y l Uy y c yc s0 4Ž . Ž .x x2 D ­ z D­ z y y

Assuming a linear equilibrium relationship

cU s mc 5Ž .x y

Ž .where m 1 is the slope of equilibrium line dc rdc , Eqs. 3x y
and 4 can be expressed as

d2c u dc k a tx x x l x
y y c y mc q s0 6Ž . Ž .x y2 D dz D Ddz x x x

d2c u dc k ay y y l
y y c y mc s0 7Ž . Ž .x y2 D dz Ddz y y

or, using simpler notation

XY y AX X y BX qCY q Ds0 8Ž .
Y Y y EY X q FX yGY s0 9Ž .

Ž .where Asu rD , Bs k arD , Cs k a? m rD , Dst rD ,x x l x l x x x
Ž .Esu rD , F s k arD and Gs k a? m rD . The homoge-y y l y l y

neous solutions to Eqs. 3 and 4 are in the form X s a? el z
h

and Y s b ? el z. Inserting X and Y in Eqs. 8 and 9 yieldsh h h
the characteristic equation

l4 y l3 Aq E y l2 Gy AEq B q l AGq BEŽ . Ž . Ž .
y CF y BG s0 10Ž . Ž .

which, for BGsCF, reduces to

l3y l2 Aq E y l Gy AEq B q AGq BE s0 11Ž . Ž . Ž . Ž .

and l s0.1
The general solutions of Eqs. 3 and 4 are

X s a q a ? el2 ? z q a el3 ? z q a el4 ? z q X 12Ž .1 2 3 4 p

Y s a h q a h ? el2 ? z q a h el3 ? z q a h el4 ? z qY 13Ž .1 1 2 2 3 3 4 4 p

where

l2 y Al y Bi i
h s 14Ž .i yC

and X and Y are particulate solutions. If l s0, then h sp p 1 1
BrC.

The solutions were assumed to be in the form

X s P ? zqQ ; Y s P ? zqQ 15Ž .p 1 1 p 2 2

and calculated as

DG2

X s z s P z 16Ž .p 12AG qCEF

F EF
Y s P zy P s P zqQ 17Ž .p 1 1 22G G

For each set of parameters AyG, the roots of character-
istic Eq. 11 l , l , and l were determined graphically to2 3 4
satisfy the condition given by Eq. 14.

The coefficients a , a , a , and a in Eqs. 12 and 13 were1 2 3 4
obtained using the following boundary conditions

dX
s0 18Ž .ž /dz zs L

dY
s0 19Ž .ž /dz zs L

dX
y s A X y X 20Ž .Ž .Fž /dz zs 0

dY
s E Y yY 21Ž .Ž .Fž /dz zs 0

Ž .where L cm is the length of the riser section, and X andF
Ž .Y grL are product concentrations in the continuous andF

dispersed liquid phase, respectively, at the section inlet.
Substitution of l , h , P , P , Q, L, and A] G values ini i 1 2

Eqs. 18]21 leads to four simultaneous algebraic equations

4
l Lia l e sy P 22Ž .Ý i i 1

is1

4
l Lia h l e sy P 23Ž .Ý i i i 2

is1
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4

a Ay l s AX q P 24Ž .Ž .Ý i i F 1
is1

4

a h l y E s E QyY y P 25Ž .Ž . Ž .Ý i i i F 2
is1

which were solved using matrix calculus to determine the
concentration profiles along the chosen contactor length given
by Eqs. 12 and 13.

Anomalous roots of Eq. 11 were also derived. One of the
l roots vanishes wheni

� 4Pe 4 Pe that is, E4 A , andy x

� 4Pe 4 Pe that is, A4 E , andx y

f s m ? u ru s1 that is, AGq BEs0, and l2 y l Aq EŽ .�x y i

y Gy AEq B s0Ž . 4

The above approach was used in the present work to de-
termine the effects of product formation rate, axial disper-
sion in the continuous and dispersed liquid phase, solvent
properties, and contactor length on cocurrent liquid-liquid
extraction in the riser of an external loop airlift bioreactor
with immobilized plant cells.

Results and Discussion
The product concentration profiles in the continuous X

and dispersed liquid-phase Y in the riser section of the biore-
actor shown in Figure 3 are model predictions for one repre-
sentative series of experiments involving liquid-liquid extrac-
tion by n-hexadecane. The superficial gas and solvent veloci-
ties were set to 0.4 cmrs and 0.04 cmrs, respectively. A
steady-state circulation of liquid and particles within the loop
was maintained in the bioreactor without recirculation of gas
bubbles and solvent drops into the downcomer region. At
these conditions, the continuous liquid-phase velocity was ux
s4 cmrs, the axial dispersion coefficient was D s19.7 cm2rs,x
and the slope of the equilibrium line was ms dc rdc sx y

Ž .1r16.7 Sajc et al., 1995a . Under these conditions, the mea-
sured kinetic rate of product formation by immobilized cells
in the bioreactor was constant and equaled t s1.45=10y5

x
Ž .grL ? s Sajc et al., 1995b . The axial dispersion coefficient in

the dispersed phase was calculated according to Liou et al.
Ž .1991

e Dy y0.294 1.2990.048 Re Re s 26Ž .x y u dy d

where Re su r d rm and Re su r d rm are Reynoldsx x x d x y y y d y
numbers for the continuous and dispersed phase, respec-
tively.

Both the n-hexadecane and silicone drops were of inter-
Ž .mediate size d s5]8 mm , and were characterized as ellip-d

soidal and oscillatory according to the values of Eotvos, Mor-
Žton and Reynolds criteria Eo;1y2, log M;y10, Re ;T

.600 . Such droplets generally show two types of superim-
posed secondary motion: ‘‘rocking’’ along a zig-zag or spiral

Figure 3. Product concentration profiles.
Ž . Ž .Profiles are in the continuous x and dispersed phase y

for bioconversion involving product extraction with n-
hexadecane at the superficial velocities of aqueous and sol-

Ž .vent phase of u s 4 cmrs and u s 0.4 cmrs , respectively,x y
Ž .diameter of solvent droplets d s 5 mm , and product for-d

y5Ž .mation rate t s1.45 ? 10 grL ? s .x

trajectory; and shape dilatations, usually referred to as ‘‘oscil-
lations.’’ Oscillations can play an important role in increasing
drag, reducing terminal velocities, and promoting mixing, heat

Ž .and mass transfer at the droplet interfaces Clift et al., 1978 .
Oscillations of n-hexadecane and silicone droplets were rapid
Ž .Sc41 and the internal mass-transfer resistance was thus
assumed to be constant and independent of molecular diffu-
sivity. The effects of oscillations on external mass-transfer re-

Žsistance were considered to be significant, according to Cliff
.et al., 1978, p. 191

d fd N
)0.15 27Ž .

uT

Ž . Ž .where d m is the average drop diameter, f 1rs is Lamb’sd N
Žnatural frequency of drop oscillations Clift et al., 1978, p.

.187

48s
2f s 28Ž .N 2 3p d r 2q3gŽ .d

Ž . Ž .u mrs is drop terminal velocity, s Nrm is the solvent-T
aqueous phase interface tension, and g s r rr is the ratio ofp
liquid densities for the dispersed and continuous liquid phase.

The overall mass-transfer coefficient was calculated using
an empirical equation for mass transfer controlled by a thin
aqueous film around a droplet, in order to avoid uncertain-
ties associated with the predictions of the frequency and am-
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Ž .plitude of oscillations Clift et al., 1978, p. 197

DfN
k as7.2 29Ž .l 2( dd

Ž .where k a 1rs is the overall mass-transfer coefficient andl
y10 Ž 2 .Ds5.77=10 m rs solute diffusivity in the continuous

Ž .liquid phase, calculated using the Wilke and Chang 1955
correlation. The agreement of calculated and measured val-
ues for 3.5- and 5-mm n-hexadecane and 8-mm silicone oil

Ždrops in a four-phase flow was satisfactory the average devi-
.ation was -6% . The product concentration gradients within

Žthe aqueous liquid phase were found insignificant Sajc et al.,
.1995a .

The characteristic Eq. 11 was solved graphically using u sx
4 cmrs, u s0.04 cmrs, D s19.7 cm2rs, D s0.16 cm2rs, my x y

y5 Ž .s1r16.7, t s1.45=10 gr L ? s , k as0.023 1rs, and thex l
Ž y3values of coefficients A] G As0.20 1rcm, Bs1.17=10

2 y5 2 y7 Ž 2.1rcm , Cs7.0=10 1rcm , Ds7.36=10 gr L ?cm , E
2 y3 2 .s0.25 1rcm, F s0.144 1rcm , Gs8.61=10 1rcm to ob-

tain l s0, l s0.282, l s0.206, and l sy0.0351. The1 2 3 4
values of h s16.7, h sy3.01=102, h sy0.943, and h s1 2 3 4
y1.01=102 were then calculated from Eq. 14. Equations
22]25 were solved by using the values of P s3.1=10y6 grL1
?cm, P s5.2=10y5 grL ?cm, Qsy1.51=10y3 grL, Ls272
cm, the inlet concentration of product in the solvent phase
y s0, and aqueous phase x s6.0=10y3 grL to obtain theF F
coefficients a s 5.15=10y3, a s 6.16=10y9, a s 6.32 ?1 2 3
10y8, and a s7.35=10y4, which were then used to solve4
Eqs. 12 and 13 and obtain concentration profiles shown in
Figure 3. The product concentration in the continuous phase
X decreased from 6 to 5.88 mgrL, presumably due to axial
dispersion, while the product concentration in the dispersed
liquid phase Y increased from 0 to 0.01 grL. At the riser
outlet, product concentrations in the aqueous and dispersed
liquid phase were 5.55 mgrL and 0.05 grL, respectively.

Figure 4 shows the corresponding model predictions for
product extraction by silicone oil. Silicone drops were larger

Žthan n-hexadecane drops d s8 and 5 mm, respectively, atd
.u s4 cmrs and u s0.04 cmrs , due to the lower viscosityx y

and density and higher interphase tension of n-hexadecane.
Consequently, the values of the axial dispersion coefficient in
the dispersed liquid phase D s0.018 cm2rs, the slope ofy
equilibrium line ms1r13.8, and the mass-transfer coefficient
k as0.0125 1rs were all lower than the corresponding valuesl
for n-hexadecane. The characteristic Eq. 11 was solved
graphically using the values As0.20 1rcm, Bs6.34=10y4

1rcm2, Cs4.61=10y5 1rcm2, Ds7.36=10y7 grL ?cm2, E
s2.22 1rcm, F s0.694 1rcm2, Gs0.05 1rcm2, P s3.18=1

y6 Ž y5 y310 g L ?cm, P s4.41=10 grL ?cm, Qsy1.96=102
grL, l s0, l s2.24, l s0.189, l sy0.021, h s13.8, h1 2 3 4 1 3
s7.11, h sy88.5, Ls27 cm, y s0, x s6.0=10y3 grL,4 F F
a s5.16=10y3, a s1.97=10y7, and a s7.75=10y4. The1 3 4
second terms in Eqs. 12 and 13 were omitted, based on the
value a s2.2=10y35. Concentration ‘‘jumps’’ in continuous2
and dispersed liquid phase at the contactor inlet, 6]5.9 mgrL
and 0]0.18 mgrL, respectively, were lower than the corre-

Ž .sponding values for n-hexadecane Figure 3 . For the same
rate of product formation, D X and DY were 0.22 and 31.3

Figure 4. Product concentration profiles in the continu-
( ) ( )ous x and dispersed phase y .

Profiles are for bioconversion involving product extraction
with silicone oil at the superficial velocities of aqueous and

Ž .solvent phase of u s 4 cmrs and u s 0.4 cmrs , respec-x y
Ž .tively, diameter of solvent droplets d s 8 mm , and prod-d

y5 Ž .uct formation rate t s1.45 ? 10 grL ? s .x

mgrL, respectively, and the efficiencies of extraction by sili-
cone oil and n-hexadecane were comparable.

Figure 5 shows the model prediction for the effect of the
total length of the contactor L on product concentration in
the continuous phase X ; the operating conditions are the
same as for Figure 3. The predicted behavior can be at-

Žtributed to the counteracting effects of mass transfer which
.decreases as the contactor length increases and product for-

Ž .mation which is independent of contactor length . In gen-
eral, X decreases with an increase in the contactor length,
until the average rate of mass transfer in the contactor be-

Žcomes equal to the average rate of product formation Ls60
.cm in Figure 5 . At these conditions, the solute concentration

passes through a minimum, and any further increase in the
contactor length results in an increase in solute concentra-
tion in raffinate, due to the decrease in the driving force for
mass transfer. The corresponding value of solute concentra-
tion in the dispersed phase Y increases continuously as the

Ž .length of the contactor increases Figure 6 . However, the
increase in Y is slower in the range 60- L-340 cm, than
for 15- L-60 cm, which is consistent with the limitations

Ž . Ž .identified by Pratt 1975 and Roffler et al. 1988 for coun-
tercurrent contact at L)1.3 m.

The model predictions of the effects of product formation
rate t on product concentration in the continuous liquidx
phase X along the contactor length is shown in Figure 7 for
liquid-liquid extraction by n-hexadecane; the operating con-
ditions are the same as those in Figure 3. If the rate of prod-
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Figure 5. Effect of the length of contactor on the outlet
product concentration in the continuous

( )phase x .
For bioconversion involving product extraction with n-
hexadecane at the superficial velocities of aqueous and sol-

Ž .vent phase of u s 4 cmrs and u s 0.4 cmrs , respectively,x y
Ž .diameter of solvent droplets d s 5 mm , and product for-d

y5 Ž .mation rate t sy1.45 ? 10 grL ? s .x

uct formation exceeds the rate of mass transfer, the outlet
concentration of the product becomes higher than the feed
concentration. For example, for t s1.45 ?10y4 grL ? s, thex
product concentration in the continuous phase ‘‘jumps’’ from
6 to 6.5 mgrL at the inlet, and equals 6.4 mgrL at the outlet.

Figure 8 shows the model predictions for product concen-
trations in the continuous X and dispersed phase Y for ex-
traction by n-hexadecane at u s10 cmrs, calculated using:x
As0.15 1rcm, Bs6.0=10y4 1rcm2, Cs3.6=10y5 1rcm2,
Ds2.17=10y7 grL ?cm2, Es0.625 1rcm, F s0.625 1rcm2,
Gs3.74=10y2 1rcm2, P s1.35=10y6 grL ?cm, P s2.271 2
=10y5 grL ?cm, Qsy3.79=10y4 grL, l s0, l s0.68, l1 2 3
s 0.15, l sy0.058, h s16.7, h sy5.19, h sy3.16=4 1 3 4
10y2, Ls27 cm, y s0, x s6.0=10y3 grL, a s5.63=F F 1
10y3, a s2.05=10y7, and a s2.71=10y4. The second3 4
terms in Eqs. 12 and 13 were disregarded, based on a s1.652
=10y16.

Comparison of product concentration profiles in Figure 3
Ž . Ž .u s4 cmrs and Figure 8 u s10 cmrs shows that u af-x x x
fects the contactor performance in three ways, as follows.
First, the extent of backmixing in the continuous phase, which
is proportional to the u rD ratio, will increase as u de-x x x
creases. Second, the residence time of the continuous phase
is inversely proportional to u , resulting in more product for-x
mation at lower superficial velocities. Third, the average di-
ameter of liquid drops and gas bubbles will decrease as ux
increases. For example, n-hexadecane drops were 3.5 mm in

Ž .diameter at u s10 cmrs Figure 8 as compared to 5 mm inx
Ž .diameter at u s4 cmrs Figure 3 . The 3.5 mm diameterx

Figure 6. Effect of the length of contactor on the outlet
product concentration in the dispersed phase
( )y .
Effect is for bioconversion involving product extraction with
n-hexadecane, at the superficial velocities of aqueous and

Ž .solvent phase of u s 4 cmrs and u s 0.4 cmrs , respec-x y
Ž .tively, diameter of solvent droplets d s 5 mm , and prod-d

y5 Ž .uct formation rate t s1.45 ? 10 grL ? s .x

Figure 7. Concentration of cell product in the continu-
( )ous phase X along the contactor as a func-

tion of product formation rate.
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Figure 8. Effect of the superficial continuous phase ve-
locity on the product concentration in contin-

( ) ( )uous X and dispersed phase Y .

drops were ellipsoidal and oscillatory, as were the 5 mm n-
hexadecane and 8 mm silicone oil drops. The value of the
axial dispersion coefficient for 3.5 mm n-hexadecane drops
Ž 2 .D s0.064 cm rs was lower than that for 5 mm n-hexade-y

Ž 2 .cane drops 0.16 cm rs , but higher than for 8 mm silicone oil
Ž 2 .drops 0.018 cm rs due to the low viscosity of silicone oil.

Ž .For u -8 cmrs dispersed bubble regime , the u rD ratiox x x
Žwas constant and equal to 0.20 1rcm u s4 cmrs, D s19.7x x

2 . Ž .cm rs , whereas for u )8 cmrs coalesced bubble regime ,x
2 Žthe ratio u rD was 0.15 1rs and D s66.7 cm rs Sajc et al.,x x x

.1995a . At these conditions, the value of k as0.04 1rs wasl
Žsignificantly higher than for 5 mm n-hexadecane drops 0.023

. Ž .1rs and 8 mm silicone oil drops 0.0125 1rs . The amount of
product stripped from continuous aqueous phase was 0.17
mgrL, as compared to 0.33 and 0.22 mgrL for 5 mm n-
hexadecane and 8 mm silicone oil drops, respectively, due to
more efficient mixing in the continuous liquid phase. The in-
crease of product concentration in the dispersed phase was
approximately 25% and 50% higher at these conditions than
during extraction by n-hexadecane and silicone oil, respec-
tively, at u s4 cmrs, presumably due to the increased inter-x
facial area available for mass transfer and improved mixing in
the continuous liquid phase.

In summary, liquid-liquid extraction in a cocurrent four-
phase flow in the riser of an external-loop airlift bioreactor
with immobilized plant cells producing antraquinons was
studied experimentally and described using a simple mathe-
matical model. The proposed approach extends the work of

Ž . Ž .Pratt 1975 and Roffler et al. 1988 on liquid-liquid extrac-
tion in countercurrent flow to the cocurrent flow in plant cell
bioreactors. A set of two second-order differential equations

was solved in a dimensionless form and used to study the
effects of product formation rate, contactor length, mixing in
the continuous phase, and droplet characteristics for the dis-
persed phase on the steady-state concentrations of the prod-

Ž . Ž .uct in the aqueous continuous and solvent dispersed phase.
The proposed model could be extended to the conditions of
product formation in the dispersed phase, as well as other
plant cell cultures and extracellular products.
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